
Reducing Total Annualized Cost and CO2 Emissions in Batch
Distillation: Dynamics and Control

Gara Uday Bhaskar Babu and Amiya K. Jana
Energy and Process Engineering Laboratory, Dept. of Chemical Engineering, Indian Institute of Technology,

Kharagpur 721 302, India

DOI 10.1002/aic.14076
Published online March 17, 2013 in Wiley Online Library (wileyonlinelibrary.com)

In this contribution, the direct vapor recompression approach is introduced in a batch distillation operated at an
unsteady state condition. This vapor recompressed batch distillation (VRBD) accompanies an isentropic compressor that
runs at a fixed as well as variable speed. Aiming to ensure the optimal use of internal heat source, an open-loop control
policy is proposed for the VRBD that adjusts either the overhead vapor splitting or the external heat supply to the
reboiler. Again, the variable speed VRBD additionally involves the manipulation of compression ratio. Developing two
alternative configurations of VRBD column, the best heat integrated scheme is attempted to identify in the aspects of
energy efficiency and total annualized cost for further advancement. A closed-loop control algorithm for the best per-
forming variable speed VRBD aiming to meet the end objective of relatively high-purity product discharged at a con-
stant composition is developed. The separation of a reactive system is considered to illustrate these results and
demonstrate the effectiveness of the novel VRBD scheme. Performing simulation tests, it is investigated that the closed-
loop control operation substantially improves not only the distillate purity but also the total amount of product. Achiev-
ing significant improvement in thermodynamic efficiency and cost by the controlled heat integrated scheme over its
conventional counterpart, finally the attractiveness of the VRBD column by investigating its potential to reduce the
greenhouse gas (i.e., CO2) emissions is shown. VC 2013 American Institute of Chemical Engineers AIChE J, 59: 2821–

2832, 2013
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Introduction

Since 1978, rising surface temperature and greenhouse gas
concentrations observed are particularly noteworthy. In fact,
9 of the 10 warmest years on record have occurred during
the past decade.1 Studies show that the carbon dioxide (CO2)
alone is responsible for about two-thirds of the enhanced
greenhouse effect.2,3 A major contribution to this greenhouse
gas (i.e., CO2) emitted to the atmosphere is attributed to fos-
sil fuel combustion, which accounts for almost 98% of total
CO2 emissions in the US for the year 19994 and 95% of that
in the UK for the year 2000.5 To meet the environmental tar-
gets as agreed in the Kyoto Protocol, it is an absolute neces-
sity to reduce the greenhouse gas emissions (e.g., CO2).

Distillation is the most mature and extensively used sepa-
ration process in the chemical and process industries. In the
US, about 10% of the industrial energy consumption
accounts for distillation alone.6 Unfortunately, the overall
thermodynamic efficiency of a conventional distillation is
around 5–20%.7 Renewed interest in enhancing energy effi-
ciency of distillation processes has been motivated by sev-
eral factors. Most notable ones include increasing fossil fuel

prices, uncertainty of their long-term availability, emission
of climate-changing gases, and national goals to reduce
dependence on foreign energy sources.

Various thermally coupled distillation configurations have
been scrutinized seeking lower energy consumption and bet-
ter profitability. For example, the Petlyuk column or divided-
wall column8–12 has been successfully commercialized after
several decades of research. Other two popular schemes are
based on internal energy integration (e.g., internally heat
integrated distillation column (HIDiC))3,13–19 and external
energy integration (e.g., direct vapor recompression column
(VRC)).20–24 By performing operational and economic analy-
sis, a systematic comparison between the HIDiC and VRC is
presented in the literature.25 In particular, the heat pump sys-
tem has been emerging as an important scheme, because it is
easy to introduce and the plant operation is usually simpler
compared to other heat integration strategies.26 However, all
these aforementioned schemes are designed and developed
for continuous flow distillation columns. Yet studies address-
ing the thermal integration of batch distillation are very
rarely reported in the literature. It is with this intention that
this work has been undertaken.

Batch processing has continued to be an important tech-
nology owing to the greater operational flexibility that it
offers. This operational flexibility of batch distillation
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processes makes them particularly suitable for smaller, mul-
tiproduct, or multipurpose operations. Manufacturing in the
pharmaceutical and specialty chemical industries are exam-
ples of small, multiproduct operations, where products are
typically required in small volumes, and subject to short
product cycles and fluctuating demand. The thermodynamic
disadvantage of batch distillation over continuous fractiona-
tion, which results in lower energy efficiency, has long been
known.

Takamatsu et al.27 are the first to configure a thermally
integrated batch distillation scheme, in which, the rectification
tower is surrounded by a jacketed reboiler. Maiti et al.28 have
further systematized the idea and clarified the advantages of
this internally heat integrated scheme through numerical simu-
lations. Recently, an externally energy intensified batch distil-
lation is devised by researchers29,30 under the framework of
direct VRC mechanism. In their strategy, the VRC system
operates in conjunction with a variable speed compressor. It
has been revealed that such an integrated configuration leads
to significant energy and, thus, cost savings.

This work aims at exploring the feasibility of fixed speed
as well as variable speed vapor recompression techniques in
a batch distillation. To ensure the effective use of internal
heat source, an open-loop control policy is devised for the
vapor recompressed batch distillation (VRBD) arrangement.
To evaluate the comparative performance of the open-loop
VRBD schemes in the aspects of energy efficiency and cost,
a reactive batch distillation example is chosen for simulation.
Subsequently, the most effective thermally coupled configu-
ration (i.e., variable speed VRBD) is further investigated
with a closed-loop control scheme. The principle objective
of this closed-loop operation is to obtain relatively high-
purity product at a constant composition from the top. Per-
forming several simulation experiments on the representative
reactive system, the energetic and economic potentials of the
closed-loop variable speed VRC are quantified with refer-
ence to its conventional counterpart. The attractiveness of
the proposed heat pump system is also measured by its abil-
ity in reducing CO2 emissions. This is probably the first arti-
cle that investigates the thermodynamic and economic
performance of a controlled VRBD.

Conventional Batch Distillation

Process description

The two most common configurations of batch distillation
column are the batch rectifier and batch stripper. This study
deals with the batch rectifier, and we call this scheme as the
conventional batch distillation (CBD), hereafter. As shown
in Figure 1, it consists of an overhead condenser and a bot-
tom reboiler (or still pot) above which the rectifying section
is mounted. The CBD usually operates in two sequential
modes under open-loop operation. Distributing initial charge
in the reboiler and condenser, and on the trays, the batch
column starts running with a condition of complete reflux
recycling to attain the steady state (startup phase). Subse-
quently, the distillate is sequentially removed from the top
of the column under partial reflux mode (production phase).
Interestingly, the lightest component withdrawal is some-
times begun, as soon as this component met the composition
specification, without waiting for the steady state to be
attained. Note that the product withdrawal is continued, until
the average distillate composition meets the desired product
purity.

Mathematical modeling

Most commonly used assumptions in formulating the
dynamic model of a CBD include: perfect mixing and equi-
librium on all trays, negligible tray vapor holdups and fast
energy dynamics. For deriving the modeling equations, let us
consider a typical nth tray, in which a liquid-phase reaction
takes place. As demonstrated in Figure 2, the plate is fed
with a liquid feed mixture. Side streams are withdrawn as a
liquid as well as a vapor. The material balance, vapor-liquid
equilibrium, mole fraction summation and heat balance
(MESH) equations are as follows

Total mole balance
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Figure 1. Schematic representation of CBD column.

Figure 2. A typical nth reactive plate.
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Energy balance
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Equilibrium
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In the aforementioned equations, x denotes the liquid-
phase composition, y the vapor-phase composition, z the
feed composition, L the liquid flow rate, V the vapor flow
rate, k the vapor–liquid equilibrium coefficient, H the
enthalpy, Hr the heat of reaction, C the total number of com-
ponents, PT the total pressure, P0 the vapor pressure, Q the
heat loss, F the feed flow rate, S the flow rate of side stream,
r the reaction rate, e the volume of tray liquid, and d the
stoichiometric coefficient. The subscript/superscript n indi-
cates the tray index, j the component index, F the feed, L
the liquid stream, and V the vapor stream. Note that Rf is a
multiplication factor that takes values equal to zero for non-
reactive and one for reactive stage.

Heat of formation is considered while computing the
enthalpies of streams by means of which the heat of reaction
term can be removed from the energy balance equation.
Moreover, in the simulation, algebraic form of equations31

has been used to compute the vapor and liquid enthalpies. It
is well known that for a batch distillation, values of feed
flow rate (F) and bottom flow rate (B) are taken as zero.
Moreover, if there are no side draws, then we consider SL5

SV5 0. Negligible heat loss from a stage to the surroundings
(Qn50) is also assumed. Note that it is straightforward to
extend this modeling approach to other trays.

VRBD

Principle and configuration

In a conventional distillation process, the top temperature
is less than the bottom one. The heat is added at the highest
temperature point in the column (i.e., reboiler), and it is
rejected at the lowest temperature point (i.e., condenser),
leading to the degradation of heat from a higher temperature
level to a lower temperature level. To improve the thermody-
namic efficiency, the rejected heat must be reutilized, so that
the supply of thermal energy from an external source can get
reduced. An obvious way to achieve this goal is to couple
the condenser and the reboiler which represent the major
source and sink of energy, respectively.

We know that the heat flows naturally from a higher to a
lower temperature. Heat pumps, however, are capable of
forcing the heat flow in the reverse direction using a rela-
tively small amount of high-quality drive energy (e.g., elec-
tricity). Hence to reuse the heat rejected in the condenser of
a distillation column, its temperature should be raised by
some form of heat pump.

The concept of using heat pumps in continuous distillation
has been known for a long time.32 Among its various forms,
the direct VRC is the simplest and effective application of
heat pumps in distillation.18 In this article, we select the
VRC scheme for batch processing.

Figure 3 schematically demonstrates the principles of
VRBD column. In this arrangement, vapor from the top of
the batch column is compressed to the desired pressure (hot
stream) and condensed against reboiler liquid (cold stream).
This in turn boils the reboiler content, generating vapor that
enters the rectifying tower. Although the overhead stream
changes its phase to liquid state, it leaves the still at elevated
pressure. Before its entry into the reflux drum, the conden-
sate is depressurized by a pressure relieve valve. By this
way, the proposed heat integration creates an opportunity for
recovering heat from the top vapor and, thus, reduces the hot
utility requirements. In addition, this scheme leads to the
reduction of operating and equipment costs of the overhead
condenser. However, the VRBD column additionally
involves a compressor, and it requires electrical energy,
which is much more expensive than the thermal utility.
Therefore, it is indeed not so straightforward to comment
that the VRBD has the potential to save energy compared to
the conventional stand alone column. Thus, in this study, we
aim to conduct a quantitative analysis.

Dynamic model

The vapor recompression arrangement mainly consists of
an isentropic compressor and a throttling valve. Therefore,
the dynamic model of VRBD includes the all modeling
equations of CBD column in addition to the equations repre-
senting the pressure changers. For the heat integrated
scheme, it is supposed that there is no superheating occurred
in the compressor as well as no flashing in the valve. The
compressor duty, QComp (in hp) is computed as33

QComp 53:0331025 l
l21

VTPi

PC

Pi

� �l21
l

21

" #
(6)

Figure 3. Schematic representation of VRBD column.
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In this equation, the pressure (inlet pressure, Pi and outlet
pressure, PC) is in lbf/ft

2, and the vapor inflow rate to the
compressor (VT) is in ft3/min. The polytropic coefficient of
species j (lj) is temperature dependent, and the value of l is
calculated from

1

l21
5
XC

j51

yj

lj21
(7)

Open-loop control policy

To ensure the optimal use of internal heat source under
the VRC framework, in this section, an open-loop control
algorithm is devised. This control strategy is synthesized
with classifying the VRBD into two schemes, namely, the
fixed speed VRBD and the variable speed VRBD, and both
of these schemes are presented later.

To perform a meaningful comparison between the VRBD
and its conventional analogous, this work attempts to keep
the input conditions (e.g., feed charge and composition and
reboiler duty) and output specifications (e.g., product purity
and amount) same. Among them, the reboiler heat input
(QR), which is maintained constant throughout the entire
batch processing, plays a crucial role in thermal coupling
because of the transient behavior of batch operation. Obvi-
ously, the other input and output conditions can easily be
kept unaltered between the CBD and VRBD columns.

Prior to controller synthesis, we assume that the com-
pressed overhead vapor (at TTC ) completely condenses in the
reboiler (at TB), if there exists a temperature driving force,
DTC (5TTC 2TB) of at least 20�C. Accordingly, we select
the two operating criteria for the VRBD as: (1) DTC � 20�C
and (2) constant QR. To meet these objectives, now we aim
to formulate an open-loop control policy with a suitable vari-
able manipulation mechanism.

Operating Criterion 1 (DTC � 20�C). Based on our
assumption stated earlier, we can operate the heat integrated
scheme with a bounded DTCð � 20�C) to ensure the phase
change of entire vapor. To serve the same purpose, the col-
umn can also be operated with an exact DTC of 20�C.
Accordingly, we classify the VRBD operation into two
modes as: fixed speed VRBD (DTC � 20�C) and variable
speed VRBD (DTC520�C). Both of these configurations
include a heat pump for overhead vapor recompression. In
the former scheme, the compressor runs at a fixed compres-
sion ratio (CR), whereas in the later scheme, the compressor
operates at a variable speed, and, therefore, they are called
so. We come now to discuss how the operating criterion con-
cerning DTC is satisfied in these two modes of operation.

Fixed speed VRBD. To formulate the operating policy
for the VRBD that should run at a fixed speed (i.e., at a
fixed CR) with satisfying the criterion mentioned earlier, we
first need to detect the time instant at which the DTT

5TB2TTð Þ is maximum. Here, TT denotes the top vapor
temperature. Actually, the highest DTT corresponds to the
maximum CR requirement, and the implementation of this
CR can only ensure the batch operation with DTC � 20�C.

The following expression can be used for calculating
the CR

CR 5
PC

Pi

5
TTC

TT

� �l= l21ð Þ
(8)

Here, TTC 5TB120�C. Recall that Pi and PC represent the
inlet and outlet pressure of top vapor, respectively, with
respect to the compressor.

Variable speed VRBD. In this configuration, an attempt
is made to run the column with an exact DTC of 20�C aim-
ing to avoid the compressor operation at a maximum CR
throughout the whole batch operation. Accordingly, the CR
would vary at every time step because of the variation of
both reboiler and top vapor temperatures. The same expres-
sion (i.e., Eq. 8) is used to manipulate the CR dynamically.

Operating Criterion 2 (Constant QR). This operating cri-
terion is applicable to both the fixed speed and the variable
speed VRBD column. Thus, there is no involvement of sepa-
rate manipulation policies to fulfill the second criterion.

In the VRBD scheme, the compressed vapor releases heat
(QCV ), which in turn leads to the reduction of external heat
input to the still (QE). It implies

QR5QCV 1QE (9)

Because of the unsteady state characteristics of batch col-
umn, the QCV should vary with time. Under this circum-
stance, there are two possibilities arise as: QCV > QR

(Scenario 1) and QCV < QR (Scenario 2). Now, we develop
the control scheme for these two scenarios.

Scenario 1 (QCV > QR). In this case, the latent heat (k)
released by the top vapor in the still is more than the heat
required for liquid reboiling. It is experienced that the use of
this extra heat (i.e., QCV 2QR) does not necessarily improve
the batch processing, particularly when the setup is run with
optimal QR. Rather, it delays the startup operation because
of the reboiling of relatively heavier fraction by that extra
heat. This fact clearly demonstrates the necessity of overhead
vapor (VT) splitting, so that a fraction of it (VTC ) can exactly
alter the heat required by the still pot (i.e., QR) and the rest
amount (VTi ) can be directed to the overhead condenser. For
this, the VTC can be calculated as

VTC 5
QR

k ðat TTC Þ
(10)

Now, one can easily obtain the VTi by subtracting VTC

from VT. It becomes clear that when QCV > QR, the VRBD
requires to manipulate the overhead vapor splitting.

Scenario 2 (QCV < QR). In this scheme, the heat avail-
able from internal source is not adequate to run the column
with the same dynamical features. Therefore, the balance of
the heat requirements of the column (i.e., QR2QCV ) is sup-
plied by steam (an external heating medium) to the still.
Obviously, in this case, the VRBD involves the manipulation
of steam flow rate (mS)

mSkS5QE5QR2QCV (11)

where the kS represents the latent heat of steam.
It is worth noticing that this open-loop control law is formu-

lated to compute a single manipulated variable for the fixed
speed VRBD, that is, either the vapor inflow rate to the com-
pressor, VTC (when QCV > QR) or the auxiliary heat input to
the still from an external source, QE (or mS) (when QCV <
QR). On the other hand, the variable speed scheme simultane-
ously adjusts the CR along with either the VTC or the QE.

Quantitative Performance Analysis

To demonstrate the potential of the proposed VRBD col-
umn, a quantitative analysis is performed in terms of several
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indexes, namely, the thermal efficiency, greenhouse gas
emissions, and total annualized cost (TAC).

Thermal efficiency

Knowing the reboiler duty, it is indeed quite straightfor-
ward to estimate the total heat consumed by a CBD (QCBD

Cons )
throughout the entire batch operation. However, in case of
VRBD structure, it gets a bit complicated. In the heat inte-
grated scheme, there are two sources of thermal energy
used: one is the internal source that provides heat through
overhead vapor condensation (QCV ) and other one is the
steam that is supplied externally (QE). As stated previously,
before thermally coupling the whole amount of top vapor or
a fraction of it, a compressor has to be installed, and it
involves an additional energy component as compressor
duty (QComp ).

As suggested by Iwakabe et al.,34 it is logical to assume
that 3 kW of thermal energy is needed to produce 1 kW of
electrical power. Accordingly, the total heat consumption in
a VRBD (QVRBD

Cons ) is estimated as

QVRBD
Cons 5QE13QComp (12)

This correlation is applicable to both the fixed speed and
the variable speed scheme. Furthermore, the external heat
input gets the following form depending on the availability
of QCV as

QE50 for Scenario 1

QE5QR2QCV for Scenario 2

8<
:

It should be pointed out that for CBD column

QE5QR

QComp 50

8<
:

Calculating the QCBD
Cons and QVRBD

Cons based on the concept
detailed earlier, one can readily find the percent savings in
thermodynamic efficiency.

Model for CO2 emissions

Carbon dioxide as a greenhouse gas plays a crucial role in
global warming. It is reported2,3 that the two-thirds of the
enhanced greenhouse effect are caused by CO2 alone. In this
contribution, we estimate the greenhouse gas emissions (i.e.,
CO2) from the combustion processes associated with the util-
ity systems. It is a fact that compared to the original proc-
esses (e.g., distillation column), the concerned utility systems
usually generate much larger volume of greenhouse gases.35

In the CBD column, we use steam for liquid reboiling,
while the heat integrated scheme requires steam for the same
purpose and power (electricity) to drive the compressor.
Therefore, the two utility systems, steam boiler and gas tur-
bine, are selected to use for the generation of steam and
power, respectively. In energy savings oriented projects and
reducing environmental emissions impacts, these utility devi-
ces are the key drivers.

In this work, we compare the emission levels using natural
gas and low sulfur diesel as heating fuels in both the utility
devises. In the utility system, CO2 emissions are related to

the amount of fuel burnt by the following stoichiometric
equation as3,35

CnHm1 n1
m

4

� �
O2 ! nCO 21

m

2
H2O (13)

Air must be supplied to burners in excess to ensure com-
plete combustion. It is true that the amount of CO can be
reduced to negligible levels by excess supply of air, proper
burner design, regular maintenance, and adequate control.
Here, we assume that all carbon in the fuel is reacted to CO2.

In a heating devise, CO2 emissions are related as

CO2 flow rate kg=hð Þ5 QFuel

NHV
3

C%

100
3a (14)

where QFuel represents the heat duty from fuel burnt (kJ/h),
fuel net heating value (NHV) the fuel net heating value (kJ/
kg), C% the mass percentage carbon in fuel, and a the ratio
of CO2 and carbon molar masses (53.67). Data for heating
fuels are taken from Smith and Delaby35 and documented in
Table 1.

CO2 Emissions from Steam Boiler. The fuel is com-
busted when mixed with air, producing flue gases that can
be used as a heat source in the utility systems. Actually, the
flue gases release heat when they are cooled from the flame
temperature (TFT ) to the stack temperature (TStack ). For a
steam boiler, the flame temperature (TFTB ) and TStack are
adopted as 1800�C and 160�C, respectively.35

The steam may be produced in a steam boiler either at the
temperature required by the process or at a higher tempera-
ture and then throttled. In the later scheme, the boiler feed
water (FW) is added after expansion (desuperheating) to
maintain the steam quality.

Making a heat balance around the boiler, we obtain

QFuel 5
QProc

kProc

hProc 2hFWð Þ TFTB 2T0

TFTB 2TStack

(15)

where kProc and hProc denote the latent heat (kJ/kg) and en-
thalpy (kJ/kg) of steam delivered to the process, respectively,
QProc the process heat duty (kW), hFW the enthalpy (kJ/kg) of
FW and T0 the ambient temperature (525�C). Now, using Eq.
14, one can calculate the CO2 emissions from steam boiler.

CO2 Emissions from Gas Turbine. This section deals
with the model for combustion of a fuel in a gas turbine.
This utility system can typically provide both heat and
power to the process. However, here we use it to generate
power for the compressor unit integrated in the heat inte-
grated scheme.

The amount of fuel burnt to supply QProc can be calcu-
lated from

QFuel 5
QProc

gGT

1

12gC

(16)

where the efficiency of gas turbine

gGT 5
Tout 2TStack

Tout 2T0

(17)

Table 1. Data for Heating Fuels

Fuel NHV (kJ/kg) C%

Natural gas 5.16 3 104 75.38
Low sulfur diesel fuel 4.2 3 104 86.2
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and the Carnot factor

gC5
Tin 2Tout

Tin 1273
(18)

Here, Tin is the inlet temperature to the gas turbine (i.e.,
after combustion chamber, �C) and Tout the outlet tempera-
ture from the gas turbine (�C). These two temperatures vary
according to the turbine design. As suggested by Smith and
Delaby,35 Tin of 1027�C and Tout of 720�C are adopted.

The power (electricity) delivered by a gas turbine, WGT

(kW) is estimated by applying a typical mechanical effi-
ciency of 90% from

WGT 50:9 gC QFuel (19)

Now, the emissions of CO2 can be calculated from
Eq. 14.

It is interesting to note that so far we discussed an
approach for calculating the “local emissions” from a gas
turbine. The power generated from the gas turbine is either
consumed in the process itself or exported to other consum-
ers. In both cases, the central power station, which is situ-
ated somewhere else, has the possibility of reducing
electricity production by the amount generated by the gas
turbine. Thus, certain amounts of fuels can be saved at the
central power plant, thereby reducing the CO2 emissions.
This, in turn, leads to a saving in the emissions at the central
power station. Hence, the central power plant together with
the utility system is suggested35 to be considered as one unit
in emission calculations. The corresponding CO2 emissions
are called “global emissions” and expressed as

Global emissions 5 emissions from process plant 2

emissions saved at central power station (20)

Here, we refer the utility system (i.e., gas turbine) as the
process plant in Eq. 21. The efficiency of the power plant is
assumed to be 30%.35

It should be noted that the same fuel is used in both the util-
ity systems and the central power station, when we compare
the emission levels between the VRBD and CBD columns.

Economics

When assessing the relative economics of different
arrangements, one must take the capital cost of the system
into account as well as the operating costs. Here, the eco-
nomic evaluation is carried out by estimating the TAC,
which is the sum of operating cost and annual capital invest-
ment. Annual capital investment is assumed to be capital
investment divided by a payback period of 3 years. For cost-
ing purposes, we consider the stainless steel (SS) as the
main material of construction (MOC). The installed cost esti-
mates, based on correlations proposed by Douglas33 and
given in Table 2, are updated using the Marshall and Swift
index (M&S 5 1569).36

For the sake of simplicity, the operating costs are taken to
be identical to utility costs for a year with 8000 operating
hours. The required utilities are electricity, low pressure (LP)
steam and cooling water with unit costs37 of $0.1/kW.h, $13/
t, and $0.03/t, respectively. It should be highlighted that the
operating cost of the compressor is calculated as suggested
by Douglas33 based on the bhp (5hp/0.8) and a motor effi-
ciency of 0.6.

Closed-Loop Control Algorithm

It is a fact that the batch distillation experiences a great
deal of changes from a low-plant-gain composition space
(i.e., the steady-state space) to a high-plant-gain composition
space.38 This implies that the controller gain should be
increased accordingly during the batch processing. For this,
a gain-scheduled proportional integral (GSPI) law is selected
for the VRBD process for regulating the distillate composi-
tion (xD;i) with the manipulation of reflux rate (R).

The constant distillate composition procedure is usually
implemented using a feedback control scheme with the
manipulation of either reflux flow or distillate flow. The
reflux ratio mechanisms are operated in open-loop fashion,
that is, predefined values are used without feedback from the
process. In this study, we select reflux rate for controlling
the distillate composition by the employment of GSPI
scheme and distillate rate for maintaining the liquid holdup
in reflux accumulator by the use of conventional PI.

The GSPI controller has the following form39

R5RS1KC xD;i

� �
e1

1

sI

ðt

0

e dt

� �
(21)

where xD;i is the scheduling variable. The controller gain,
KC, is varied aiming to keep KCKP constant, which then
keeps the stability margin unchanged. If the process gain is
characterized as a function of the scheduling variable,
KP xD;i

� �
, then the controller gain can be scheduled as

KCðxD;iÞ5
KCðxD0;iÞKPðxD0;iÞ

KPðxD;iÞ
(22)

The gain of the GSPI scheme has two different forms,
depending on the product purity with reference to its desired
value, as

1. When xD;i > xD0;i,

KC xD;i

� �
5KC0

12xD0;i

12xD;i
(23)

where KP xD;i

� �
512xD;i and KC xD0;i

� �
5KC0.

2. When xD;i < xD0;i

KC xD;i

� �
5KC0 (24)

It should be pointed out that this is a “one-way”
approach. As the process gain increases with lower pu-
rity, maintaining a constant controller gain speeds up
the response when the distillate is less pure.

Table 2. Cost Estimating Formula and Parameter Value

� Column shell (MOC: SS)
Installed cost $ð Þ5 M&S

280

� �
101:9D1:066

c L0:802
c ðcin1cmcpÞ

where Dc is the column diameter (ft), Lc the column height (ft),
M&S 5 1569, and the coefficients cin 5 2.18, cm 5 3.67, and
cp 5 1.0
� Column tray (Type: bubble-cap, MOC: SS)
Installed cost $ð Þ5 M&S

280

� �
4:7D1:55

c Lc cs1ct1cmð Þ
where the coefficients cs 5 1, ct 5 1.8, and cm 5 1.7
� Heat exchanger (MOC: SS)
Installed cost $ð Þ5 M&S

280

� �
101:3A0:65 cin 1cm ct1cp

� �� �
where A is the heat transfer area (ft2), and the coefficients
cin 5 2.29, cm 5 3.75, ct 5 1.35, and cp 5 0
� Compressor
Installed cost $ð Þ5 M&S

280

� �
517:5ðbhpÞ0:82

2:111Fdð Þ
where Fd 5 1.0. This expression is valid in the range of
30< bhp< 10,000
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An Illustrative Example: Separation of a Reactive
Multicomponent System

Conventional reactive batch distillation

To evaluate the proposed thermally integrated scheme, a
reactive batch distillation column example is considered.

We study the esterification of acetic acid with ethanol to
produce ethyl acetate.

acetic acid 1 ethanol !ethyl acetate 1 water

Boiling
point (K) 391.1 351.5 350.3 373.2

The reaction is slightly endothermic and takes place in the
liquid phase. The reaction kinetics is reported in Table 3.40

The representative column has total eight trays, excluding
the reboiler and a total condenser. The trays are counted
from bottom to top; bottom tray is the first tray and top tray
is the eighth tray. For constructing the dynamic model, the
following assumptions have been adopted: negligible tray
vapor holdup, variable liquid holdup (except in reflux drum),
perfect mixing and equilibrium on all trays, reactions
occurred on the trays, and in the condenser and reboiler, fast
energy dynamics, no azeotrope formation, constant operating
pressure (atmospheric) and tray efficiency (Murphree vapor-
phase efficiency 5 85%), and Raoult’s law for the vapor–
liquid equilibrium. The modeling equations for a typical nth
reactive tray are detailed earlier, and it is indeed quite easy
to extend the modeling approach to all other trays.41 The
operating conditions are summarized in Table 3 together
with other relevant data about the system.

Simulation Algorithm. The reactive distillation model
comprises MESH equations in addition to some algebraic
equations representing the tray hydraulics, reaction kinetics,
vapor–liquid equilibrium, enthalpy correlations, and so forth.
This differential algebraic equation system is simulated with
developing a computer code in C/C11. The sequential steps
involved in the computer simulation are detailed as follows41:

Step 1: Input data on the column size, feed specifications,
tray efficiency, reaction information, vapor pressure data, and
so forth.

Step 2: Input data for variables at time t 5 0. The varia-
bles include the liquid-phase compositions (xi) and liquid
holdups (m) for all trays.

Step 3: Either input the values of reflux rate and distillate
rate or manipulate these variables using the suitable control-
lers. Note that in batch operation, the start-up phase runs
under total reflux condition (i.e., D50).

Step 4: Compute the equilibrium vapor-phase composition
and temperature (T) for each tray based on bubble point
algorithm. The Newton–Raphson convergence method is
used in the bubble point calculations. Subsequently, calculate
the actual vapor-phase composition (yi) using Murphree
relationship.

Step 5: Calculate the liquid- and vapor-phase enthalpies
for each tray using the algebraic form of equations.

Step 6: Compute the reaction rate.
Step 7: Calculate the internal liquid flow rates using the

Francis-Weir formula and the vapor flow rates solving the
energy balance equations.

Step 8: Calculate the liquid holdup on each tray for the
future time step (t1Dt) by solving the total mole balance
equation.

Step 9: Compute the liquid-phase compositions on all
trays for the future time step (t1Dt) by solving the compo-
nent mole balance equations.

Step 10: To continue the process simulation for the next
time step, go back to Step 3.

Process Dynamics. Figure 4 depicts the complete profile
of batch processing for the representative system. As can be
seen from the simulation results that the column achieves a
steady-state composition of 96.4 mol % and eventually, the
same product purity was obtained by Monroy-Loperena and
Alvarez-Ramirez.42 In the production phase, the batch opera-
tion is continued with a fixed distillate rate of 34 mol/min

Table 3. Column Specifications and Reaction Kinetic Data

Column specifications
System Acetic acid/ethanol/

ethyl acetate/water
Total feed charge (kmol) 5.0
Feed composition (startup)

(mol fract)
0.45/0.45/0.0/0.1

Internal plates holdup (startup)
(kmol)

0.1

Reflux drum holdup (kmol) 0.0125
Heat input to the still pot

(kJ/min)
1700

Distillate composition (steady
state, mol fract)

0.964

Distillate rate (kmol/min) 0.034
Kinetic data
Rate of reaction (kmol/(L min)) r5k1c1c22k2c3c4

Rate constants k154:7631024; k251:6331024

where ci 5 concentration
(kmol/L) for the ith
component

Figure 4. Composition profile throughout the batch oper-
ation: (a) reflux drum and (b) reboiler.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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(68% of overhead vapor rate, V8 at steady state) as long as
the product composition remains above 86 mol %. Conse-
quently, we get the product purity1 of 92.83 mol % for a
production period of 10.75 min. It is evident in Figure 4 that
the startup period (591.82 min) is much larger than the pro-
duction period, and it is mainly because of selecting a rea-
sonably large product withdrawal rate.

Vapor Recompressed Reactive Batch Distillation
Column

Open-loop control policy

The operating principle of VRC mechanism in a batch
rectifier is detailed earlier. Applying this mechanism on a re-
active batch distillation, we develop a heat integrated struc-
ture that is termed as the vapor recompressed reactive batch
distillation (VRRBD), hereafter. Recall that the open-loop
control law is derived on the basis of two operating criteria
concerning DTC and constant QR (5 1700 kJ/min). To
ensure the condensation of entire compressed vapor, it is
attempted to meet the criterion on DTC by developing the
two forms of VRRBD column, namely, the fixed speed
VRRBD and the variable speed VRRBD. We now synthesize
the control strategy for both of these schemes separately.

Fixed Speed VRRBD. The operating procedure of this
configuration is formulated by considering (1) DTC � 20�C
and (2) QR 5 1700 kJ/min. As stated previously, the CR is
fixed to meet the first objective concerning DTC � 20�C, and
the second criterion on QR leads to the manipulation of
either the overhead vapor splitting or the external heat input
to the reboiler. Accordingly, we first produce the DTT

5TB2T8ð Þ profile in Figure 5, and it is evident that the max-
imum DTT exists for a time duration of about 0.51 min
(266.83–267.34 min). Using Eq. 8, the CR is calculated as
1.625 with reference to that time duration. Table 4 illustrates
the influence of CR and how the CR of 1.625 satisfies the
first criterion.

Running the compressor with a fixed CR of 1.625, we
also calculate the heat released by the compressed vapor
(QCV ) at every time instant. Figure 6 compares the heat
available from internal source (i.e., QCV ) with the reboiler

Table 4. Influence of CR on QCV and DT with Reference to

the Time Duration of 0.51 min (266.83–267.34 min)

CR
QCV 3 1023

(kJ/min) DTC (�C) CR
QCV 3 1023

(kJ/min)
DTC

(�C)

1 1.659 221.7 1.625 1.59 20.0
1.5 1.6005 12.8 1.65 1.588 21.4
1.6 1.592 18.6 1.7 1.5842 24.2
1.61 1.5912 19.2 2.0 1.564 39.4
1.62 1.5904 19.8 3.0 1.5184 80.1

Figure 5. CRBD profile in terms of DTT throughout the
batch operation.

Figure 6. Fixed speed VRRBD profile in terms of QCV

against QR.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 7. Manipulation profile of QE during the startup
phase of fixed speed VRRBD.

Figure 8. Manipulation profile of V8C during the pro-
duction phase of fixed speed VRRBD.

1Average composition of the distillate collected during the entire production
period.
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heat requirements (i.e., QR). Analyzing the results, one may
readily find that the fixed speed VRRBD falls within the cat-
egory of Scenario 2 (i.e., QCV < QR) during the startup
period and Scenario 1 (i.e., QCV > QR) during the produc-
tion period. To operate the column at a constant reboiler
load, it is now required to carefully manipulate the auxiliary
heat input to the still for the startup phase and the overhead
vapor splitting for the production phase. Figures 7 and 8
depict the variable manipulation for the fixed speed VRRBD
column under the proposed open-loop control policy.

Variable Speed VRRBD. The variable speed VRRBD
configuration differs from the fixed speed VRRBD in the as-
pect of selecting the first criterion on DTC. Here, it is consid-
ered as DTC520�C. Accordingly, the CR for the variable
speed VRRBD system is determined from Eq. 8 dynami-
cally, and the resulting manipulation profile is displayed in
Figure 9.

Comparing QCV with QR in Figure 10, we notice that the
variable speed VRRBD, like the fixed speed heat integrated
scheme, requires to manipulate both the QE and the V8C to
validate the second operating criterion of constant QR.
Figure 11 shows the manipulation of makeup heat, QE

throughout the startup phase, whereas Figure 12 depicts the
adjustment of vapor inflow rate to the compressor, V8C dur-
ing the production phase.

Quantitative Performance Analysis. By applying the
open-loop control algorithm, we investigated that both the
fixed speed and the variable speed VRRBD columns effec-
tively utilize the internal heat source during the batch opera-
tion. It clearly indicates the reduction of utility consumption
(i.e., both external heat and cooling medium) and condenser
size, leading to an improvement of energetic and economic
performance, and CO2 emission levels.

In this section, the VRRBD column is quantitatively eval-
uated with reference to the conventional reactive batch col-
umn. Here, the conventional reactive batch distillation
(CRBD) serves mainly as a baseline for the comparative
study. It is observed from simulation results that the heat
integration secures a 81.35 and 82.81% energy savings for
fixed speed and variable speed VRRBD, respectively. In
Table 5, an economic comparison is further made between
these schemes. One may readily find that the fixed speed con-
figuration cuts the operating cost by 58.56% at the expense of
3.33% increase in capital investment, whereas the variable
speed column secures a 62.06% savings in operating cost (OC)
against an increase of capital investment (CI) by 1.83%.

Furthermore, we compare the CO2 emission levels in
Table 6. The CRBD fueled by natural gas produces CO2 of
66.53 ton/yr. On this basis, we estimate the reduction of
about 46.75 and 51.23% emissions locally for the fixed
speed and variable speed VRRBD column, respectively. As
far as global emissions are concerned, around a 80.16 and
81.80% reduction has been achieved. We further compare
the emission levels in case of low sulfur diesel fuel used in
both the utility systems and the central power plant. It is evi-
dent from Table 6 that we get very close savings with those

Figure 9. Manipulation profile of CR throughout the
operation of variable speed VRRBD.

Figure 10. Variable speed VRRBD profile in terms of
QCV against QR.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 11. Manipulation profile of QE during the startup
phase of variable speed VRRBD.

Figure 12. Manipulation profile of V8C during the pro-
duction phase of variable speed VRRBD.
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observed for natural gas in terms of both the total local
emissions (TLE) and the total global emissions (TGE).

By analyzing the performance quantitatively, we observe
that the variable speed VRRBD scheme shows better per-
formance in terms of energy consumption, TAC and emis-
sions over its fixed speed counterpart. Thus, we select the
variable speed heat integrated column for closed-loop control
study.

Closed-loop control algorithm

As stated earlier, the control objective is to recover the
most volatile component (i.e., ethyl acetate) at a constant pu-
rity by adjusting the reflux rate. Additionally, the liquid
holdup in reflux drum is to be controlled by the manipulation
of distillate rate. To investigate the improvements achieved
by the closed-loop variable speed VRRBD over its open-
loop counterpart, the CRBD is continued as a reference pro-
cess. Accordingly, the GSPI controller is designed for top
product composition and the holdup in reflux drum is main-
tained by using a conventional PI controller. The control

parameter values are documented in Table 7. It should be
pointed out that both the controllers are switched on only in
production phase.

Constant Composition Control. The setpoint composition
has been fixed at a value of 0.964, which is originally the
steady-state distillate composition. This value typically
imposes a limit in the achievable product purity under batch
operation. Figure 13 depicts the dynamics of the variable
speed VRRBD column under the GSPI control law. This
simulation experiment shows that the setpoint is maintained
almost up to the end of the operation. Moreover, the GSPI
controller responds against the error signal smoothly. Despite
large distillate rate fixed as bias signal (68% of V8 at steady
state), the controller shows its ability in obtaining constant
composition product.

Interestingly, by the end of the batch operation, the reflux
rate should be increased very rapidly to keep the product on
specification. Our results are in agreement with this physical
interpretation. This typical characteristic indicates the consid-
erable decrease of process gain by the end of the operation.

Table 8 summarizes the performance improvements
achieved by the controlled VRRBD column. Compared to

Table 5. Comparison of Estimated Capital and Operating

Costs under Open-Loop Operation

Cost Component CRBD

Fixed
Speed

VRRBD

Variable
Speed

VRRBD

Hardware
Column shell 30,494.92 30,494.92 30,494.92
Column tray 1672.97 1672.97 1672.97
Reboiler 28,622.39 28,622.39 28,622.39
Condenser 13,869.01 436.33 436.03
Compressor 2 15,921.76 14,802.85
Total CI 74,659.29 77,148.37 76,029.16
Utility
Electricity 2 1988.53 1814.54
Cooling water 323.84 0.977 0.982
Steam 5244.37 317.64 296.96
Total OC 5568.21 2307.15 2112.48
TAC 30,454.64 28,023.27 27,455.53
TAC savings (%) 2 7.98 9.85

Table 6. Comparative CO2 Emissions under Open-loop

Operation

Terms

CO2 Emissions (ton/yr)

CRBD

Fixed
Speed

VRRBD

Variable
Speed

VRRBD

Natural gas (fuel)
Emissions from steam boiler 66.53 4.03 3.77
Emissions from gas turbine 2 31.40 28.68
TLE 66.53 35.43 32.45
TLE savings (%) 2 46.75 51.23
Emissions saved at

power station
2 222.23 220.34

TGE 66.53 13.20 12.11
TGE savings (%) 2 80.16 81.80
Low sulfur diesel (fuel)
Emissions from steam boiler 93.45 5.66 5.23
Emissions from gas turbine 2 44.03 40.32
TLE 93.45 49.69 45.55
TLE savings (%) 2 46.83 51.26
Emissions saved at

power station
2 231.23 228.57

TGE 93.45 18.46 16.98
TGE savings (%) 2 80.25 81.83

Table 7. Controller Specifications and Performance

Items GSPI Conventional PI

Gain (KC=KC0) 3.7 20.001
Time constant (sI), min 0.2 0.2
ISE (Figure 13) 1.1463 3 1025 7.4 3 1023

Figure 13. Dynamics of variable speed VRRBD column
under GSPI controller: (a) constant composi-
tion control and (b) reflux rate profile.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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the open-loop process, the closed-loop VRRBD provides dis-
tillate product with a higher purity. Moreover, the closed-
loop process produces relatively large amount of distillate.
Actually, the product in closed-loop operation is enriched
with mainly ethyl acetate (Figure 13), while relatively large
quantity of ethanol (reactant) leaves the column (Figure 4)
degrading the product quality during the production period
of open-loop operation. This indicates a better forward reac-
tion rate attained in the closed-loop column during the pro-
duction phase, yielding more product quantity.

Quantitative Performance Analysis. Here, it is interesting
to compare the variable speed VRRBD scheme under the
GSPI controller with the CRBD column. It is inspected that
the controlled process secures an energy savings of 82.62%.
Simulation results concerning economic outcomes are sum-
marized in Table 9, and we notice a TAC savings of
10.17%. As far as CO2 emissions are concerned, around a
50.83 and 81.41% reduction in TLE and TGE, respectively,
is achieved for natural gas (Table 10). In case of low sulfur
diesel fuel, the corresponding savings are 51.01 and 81.58%.
It should be highlighted that the closed-loop VRRBD offers
the potential benefits as highlighted in Table 8 without com-
promising its thermodynamic efficiency and economic per-
formance, and its ability to cut emissions.

Concluding Remarks and Future Work

In this article, a novel VRBD is proposed. An open-loop
control policy is developed to ensure the optimal use of inter-
nal heat source, thereby leading to a simultaneous abatement
of the OC, TAC, and greenhouse gas emissions. Performing
several numerical simulations, it is observed that the VRRBD
column appears overwhelmingly superior to its conventional

counterpart. We further notice that the VRRBD in conjunction
with a variable speed compressor shows a better performance
compared to that with a fixed speed compressor.

Subsequently, we chose the variable speed VRRBD for
synthesizing the GSPI controller aiming to produce ethyl ac-
etate at a constant composition. For the example reactive
system, we investigate that the closed-loop variable speed
VRRBD meets the end objective of relatively high-purity
product. Moreover, the closed-loop process produces more
amount of distillate as compared to the open-loop VRRBD.
It is worth noticing that the closed-loop variable speed
VRRBD achieves these appealing advantages without com-
promising its energy efficiency performance, cost benefit,
and its ability to cut emissions.

After being confirmed about the superiority of the pro-
posed heat integrated scheme over the conventional column,
it is suitable to further consider a dynamic optimization
approach to minimize energy use or maximize product re-
covery by varying both the CR and the reboiler heat load.
This issue is not treated in this article, but will be discussed
elsewhere.
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